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Most of the current open literature handles liquid-liquid extraction (LLX) using
equilibrium and/or isothermal models. However, in most industrial applications, the
assumption of equilibrium and isothermal operation is not reasonable. A rate-based
nonequilibrium model for both the mass and energy transfer in LLX during the three
distinct stages of drop formation—drop, fall or rise, and drop coalescence—has been
developed. These three hydrodynamic phenomena affect the mass transfer between dis-
persed and continuous phases for which a parallel-parallel mass-transfer resistance
model has been incorporated. Because of the very large number of computations asso-
ciated with repeated calculations of mass-transfer coefficients a local model has been
proposed. We have compared our rate-based simulator with two other commercial
simulators and our bench-scale experiments have been done for toluene—acetone—water
and methyl isobutyl ketone—acetic acid—water systems. Stagewise mass and energy trans-
fer and the hydrodynamics features have been compared between the experimental and
the simulation runs. Relative-error square analysis (for the concentration profiles) shows
that our simulation results are two orders of magnitude better in comparison to other
commercial simulators. © 2004 American Institute of Chemical Engineers AIChE J, 50:
368-381, 2004
Keywords: liquid-liquid extractions, rate-based model, mass-transfer resistances, local
mass-transfer model, experimental validation

Introduction

The modeling of multicomponent liquid-liquid separation
presented so far is based on the assumptions that equilibrium is
achieved at each stage with respect to both heat and component
mass-transfer. However, in most industrial applications, the
assumption of equilibrium with respect to existing phase com-
positions and isothermal extraction operation is not reasonable.
Several attempts have been made in this direction, such as
those by Ricker and King (1981) and Spencer et al. (1981). In
1985, Krishnamurty and Taylor (1985) developed the first
general rate-based computer-aided model for the application to
tray and packed columns for distillation and other continuous,
countercurrent vapor-liquid separation operations. Lao et al.
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(1989) also reported a nonequilibrium-stage model with respect
to mass transfer for multicomponent liquid-liquid extraction.
Krishnamurty and Taylor (1985) and Lao et al. (1989) had
utilized drop diameter, number of drops, time of formation, rise
and coalescence, and dynamic holdup in calculating mass-
transfer coefficients, but these hydrodynamics features were
neither tracked nor reported across each stage. They did not
consider axial mixing across the stages. Apart from nonequi-
librium, staged processes also experience the phenomenon of
back mixing due to axial dispersion. Zimmerman et al.’s (1992)
proposed model for extraction allows rigorous calculation of
mass-transfer coefficients incorporating multicomponent inter-
action effect without considering the energy balance on the
stages. Samant and Ng (1998) proposed the design of multi-
stage extractive reaction processes for multicomponent sys-
tems.

An alternate rate-based approach is proposed to model the
mass-transfer behavior of an extraction process. In the present
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Figure 1. A nonequilibrium stage with heavy dispersed

phase.

work our objective is to model the rate-based reactive non—
isothermal liquid-liquid extraction process considering non-
equilibrium with respect to both mass and energy transfer.
Additionally stage hydrodynamics correlations and back mix-
ing in both the phases have been taken into account. Mass-
transfer resistance model for the three drop phenomena— drop
formation, drop rise, and drop coalescence—also have been
considered in the mass-transfer coefficient matrix.

Modeling of Extraction Process

The basic modeling equations for most of the separation
processes are the MESH equations: mass conservation (M),
equilibrium relationship (E), summation (S), energy balance
(H). Two additional sets of equations—axial mixing (), and
mass- and heat-transfer rate (R)—have been considered in the
present liquid-liquid extraction model. The new set of model
equations will now be MESH«R equations.

Extraction involves two distinct phases: continuous and dis-
persed. The droplets formed in the process along with static
holdup at the tray compose the dispersed phase. Back mixing is
assumed in the form of axial dispersion between adjacent
stages. The nonequilibrium stage is shown in Figure 1. In each
stage the two liquid phases are brought into contact counter-
currently from adjacent stages. In our model, we consider the
drops of a single size and the drops move as a plug in contact
with the bulk continuous phase. Each stage contains two
phases, which are separated by an interface: a thin film of the
corresponding phase exists on either side of the interface, and
the interfacial mole fraction for the continuous (c-phase) and
dispersed phase (d-phase) have been denoted as y!, and x7,,
respectively. These films offer resistance for mass and heat
transfer. The continuous phase also moves as a plug flow. The
dynamic holdup of the dispersed phase at any stage k is
represented by ¢,. The positive flow of the dispersed phase is
denoted as V}; since the continuous phase moves countercur-
rently in the opposite direction, positive flow is indicated by
U, . The back flows of the two phases are given by V, and
U, ; F¥ and F° represent the side feeds at stage k. The mass-
and energy-transfer rates are denoted by N, and g,, and the
direction of the mass and energy transfer is taken to be positive
from the continuous to the dispersed phase; T¢, 7%, and T are

AIChE Journal February 2004

the distinct temperatures of the continuous, dispersed, and
interface, respectively, while Q¢ and Q¢ are the heat loss
terms from the dispersed and continuous phase. A generalized
reaction term, r,;, has been considered in both phases to
account for any chemical reaction during extraction. Briefly
MESH#R equations are as follows.

Mass Conservation Equations (M). Mass conservation
equations with mass-transfer rate, back-mixing effects, side
stream feed, and the phase reaction term

My Uy — (U + Uy + Uy + FY )’%_ Ny
NRX
= Vi X vy =0 (1)
=1
M?k: V;—lxik—l - (V; + V) xp + Vi + kadxvi + Ny
NRX
—V{ X v =0, (2)
=1
where the rate for the /th stage is
NRC E NRC
E k H (ququ 2 A exP(RT”) H (ququ (3)

= g=1

Phase Equilibrium Relationship (E). The bulk phases are
not in equilibrium, but both the phases are in close contact such
that equilibrium is assumed at the interface

Ezl’k: Kikle'k - ytl'k =0 4

The distribution ratio, K, is estimated at the interface temper-
ature T% by either modified UNIFAC or UNIQUAC or NRTL
models.

Summation Equations (S). Summation equations on the
kth stage at the interfaces and bulk phases are given below

NC NC

Sl >y =1.0; S Xl =1.0;

i=1 i=1

Sk 2 Yik =

1.0 (%)

NC
Si E ya = 1.0;
i=1

Enthalpy Balance Equations (H). Enthalpy balance equa-
tions for both the phases have been written considering the heat
of reaction and the heat loss from the stage

Hi: UktlHi—l - (U; + U;)Hi + U Hyy + Fin — &
NRX
— Vi X v AHS, — Qi =0 (6)
=1
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H;f: V;—IHZ—l - (Vi + VE)Hf + Vl;r]H;(iJrl + FZH];’{ + 8:

NRX
_ d
\(>

=1

VA — Q1 = 0, (7)
where
NC
ef = > NiHj + ah{(T,— T)  and
i=1
NC
g0 = > NoHS + ahi(T; — T (8)
i=1

The saturated liquid enthalpy for individual components and
phases at temperature 7% has been calculated as follows

7
ka = Hiﬂref + f pik dT (9)

Tref

The enthalpy of the stream (continuous or dispersed phase) has
been calculated as

NC
H} = 2 zuHh + AHY, (10)

i=1

where AH?,,, the heat of mixing in the individual phases, has
been calculated from the Gibbs’ free energy and entropy of
mixture; these expressions are given in Appendix C (see
Eq. C2).

Axial Mixing Relationships (A).

oo [ Dk :
i Uy — (Ah)(l — dJcid, =0 an

c
k—1

D
Aﬁkl>(1 - d)k)c(‘kAo =0 (]2)

AT U — <u,‘( +
Dd

A V= ud + 5 ) e, = 0 (13)
Aty

d
ais v — (D biciA, = 0 (14)
k- k Aﬁk—l k“ ko

There is no back-flow rate for the continuous phase in the
topmost stage, and similarly no back flow for the dispersed
phase in the bottommost stage.

Mass- and Heat-Transfer Rate Equations (R). As we have
considered the rate-based process, the mass-transfer rate equa-
tion in both of the phases can be stated as follows:
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NC

Ry (N) = i E Ny + a[ k(Y — yfnk) (15)

i=1

NC

RI‘{/Iik: (N)e = xy E Ny + ak["]i(x'[nk = Xt)- (16)

i=1

Like the mass-transfer rates, the energy-transfer rates can be
written as

NC
Rb: >, (NSHS) + ahi(T; — Th)

i=1

NC
— 1> (NSHY) + ah(TL—TH =0 (17)

i=1

The [k]; matrices are functions of the binary mass-transfer
coefficients, and the mole fractions of the components present
in the multicomponent mixture and for nonideal system are
shown in the Appendix.

Mass-Transfer Resistance Model

The rate of multicomponent mass transfer can be written in
terms of Maxwell-Stefan mass transfer coefficients, k;;, as
suggested by Krishnamurty and Taylor (1985). In the extrac-
tion process, the mass transfer between continuous and dis-
persed phases occurs during drop formation, rise/fall, and co-
alescence. In our model, we have considered film on both sides
of the interface; thus, the mass-transfer resistance is applicable
in both the phases. The bulk concentration on each tray is
assumed constant, that is, the concentrations of components in
both phases do not change within the static and dynamic
holdup. Sanpui and Khanna (2002) have suggested that the
parallel-parallel mass-transfer resistance model matches well
with the experimental results. A summary of the parallel mass-
transfer-resistance model is given below.

Parallel-resistance model

It has been assumed that for the pth phase mass transfer
stems from the interface (/) and bulk phase (b), and that all the
three mass-transfer effects occur simultaneously, that is, in
parallel. The parallel resistance model is shown in Figure 2.
The total diffusive mass-transfer-rate equation based on the
drop rise/fall area, a,, for all of the components on the kth
stage for the pth phase can be written as follows

[F = a[ik(zl = 2 (18)

where (z? — z%7),, is the vector (for the components i =
1, ..., NC — 1) of the difference of the interface and average
bulk concentrations. Based on this assumption, all three phe-
nomena (drop formation, rise/falling, and coalescence) have
the same driving force on the kth stage; thus

Drop formation (f) [J][I:f = akf{K]gf(Zip - pr)m/ (19)

AIChE Journal



P
J.e_r

—
Drop Formation %y =1/a,(k]),

T
-
Drop Rise/Fall Ry =l a, (k)

IBLIU]

JE

ik

P e N U S

P =1/ P Ip
Drop Coalescence R =1/a, (k]),, 20

Figure 2. Parallel-resistance model.

Drop rise or fall (r): [F, = au [kl (2 — )0 (20)

Drop coalescence (c): [F1. = ap [kl (zF — 227),e  (21)
[k] is presented in Eq. A30.

Based on the comparison, and taking individual transfer
rates in Egs. 19, 20, and 21 for the total diffusive mass transfer

in Eq. 18, one can write the following resistance equation

S + ! + ! (22)
mi{ \if i’r “ir

Using the appropriate expression for the resistance terms, the
net mass-transfer coefficient matrix can be calculated as

[kl = cdreliy + e[l + crclrckc (23)
where
_ Y _ _ ke
Cp = . c,= 1.0, Cek . 24)

It has been observed that 90% of the mass transfer takes place

during drop rise. In Egs. 23 and 24 the reference mass-transfer

area is taken as the mass-transfer area for drop rise, that is, ay,.
Mass-Transfer Areas. Areas for the three different drop

phenomena are given as:

Drop formation area:

ag = noﬂ'dlz,k (25)
Drop fall/rise area:
I AL(ﬁ ~ ha)dy 6
Drop coalescence area:
as=Ao— Ap @7

The expression for the constitutive equations—mass trans-
fer, heat transfer, and the associated hydrodynamic parame-
ters—used in the present rate-based nonisothermal model are
given in the Appendix. The earlier models for liquid-liquid and

Table 1. LLX and VLE Models and Their Features

Kehat and Taylor and Krishna Powers et al. Lao et al. Zimmermann

Model Equations (per Stage) Symbol Ghitis (1981) (1985) [VLE] (1988) [VLE] (1989) et al. (1995) Our Model*
1. Overall mass balance My, M2, J J v
2. Component mass balance M)}, M, J J J J v J
3. Equilibrium relationship E!, J J J v J v
4. Summation equations (bulk) Sy S7 v v / v
5. Summation equations (interface) S%', S%* J J J
6. Energy balance H;, H} J v v
7. Interface mass-transfer rate R, REZ J J v J v
8. Interface energy transfer rate RL, v v v
9. Axial mixing equations AL, AL AR AT J J
10. Hydraulic equation P, v v
11. Hydrodynamic relations E v v
Model Variables (per Stage) Symbol
1. Forward mole flow rates (total) V', Uy J/ v v J J
2. Forward component mole flow v, u; v
3. Backward mole flow rates Ve, Uf v v
4. Mole fractions (bulk) Xits Vie / v v v J
5. Temperatures (bulk) Ti, T? J v v
6. Mass transfer rate Ny J J J J v
7. Mole fraction (interface) xXhe v J J v v v
8. Temperatures (interface) Tﬁ J J v
9. Phase velocity u; v v
10. Holdup Pi v v
11. Pressure P, J /
* Constitutive equations: Heat of mixing; local mass-transfer model; heat loss; convergence criterion.
Notation: 1: vapor/light phase; 2: liquid/heavy phase; y: vapor/light phase composition; x: liquid/heavy phase composition.
AIChE Journal February 2004 Vol. 50, No. 2 371



Table 2. Equation and Variable Vector Order

Reference

Equation Vector

Number of Equations

Kehat and Ghitis (1981)

Taylor and Krishna (1985) [VLE]
Powers et al. (1988) [VLE]

Lao et al. (1989)

Zimmermann et al. (1995)

Our model

Reference

Not reported 2NC + 2

Mo Mi Hy, Ry Si's Efy Ry, Moy, Moy His Riges Si7 Py 6NC + 8

Milk’ Hk’l Hkﬂ2Mik’ §MkallREks IEikﬂlI;Mk

Mow My, Mow, Mizs Riis Eis Rag 5NC

Not reported 4NC ND + 3ND + NC + 3
S22, S, ST, Sy, EL, R RA., Hi, Hy, 3™, A7, slit, o, 5NC + 9

2 1 pl
M, My, Ry

Variable Vector

Number of Variables

Kehat and Ghitis (1981)

Taylor and Krishna (1985) [VLE]
Powers et al. (1988) [VLE]

Lao et al. (1989)

Zimmermann et al. (1995)

Our model

Not reported 2NC + 2

Uis Yio Tos Vi Xiwo Tio Vs X T2 Nigs Py 6NC + 8

i Tos Tty Vis Nigs Vi T Xiy

Us Yie Viis Xies Nis Vi Xi 5NC

Not reported 4NC ND + 3ND + NC + 3
X Vi Tho Nuwo Vi, U, Vi, U T3, Ty b s X Vi SNC + 9

Notation: 1: vapor/light phase; 2: liquid/heavy phase; y: vapor/light phase composition; x: liquid/heavy phase composition.

vapor-liquid systems, along with the present model, are com-
pared in Table 1.

Steady-State Simulation

The simulation model described is a set of nonlinear equa-
tions, which has to be solved by using the multivariable New-
ton-Raphson (N-R) method. Three enthalpy balance equations
have been scaled by a factor of 10° (order of magnitude of
enthalpy). A computer code has been written in C language for
this purpose, to solve steady-state simulation of the multicom-
ponent sieve tray column. The N-R method for solving the set
of nonlinear equations is found to be very stable. Let (F(X))
denote the vector (as in Table 2) of nonlinear equations (Egs.
1 to 17) to be solved for the vector of independent variables X
= (X, X;, ..., X,,), with solution (F(X)) = (0). Then the
N-R method suggests the solution X"*' by the following
relation (Eq. 29). This method requires the calculation of the
Jacobian, which involves partial derivatives of equations with
respect to independent variables. These independent variables
are listed in Eqgs. 32 and 34, and are denoted here by the single
vector X. A vector D that contains the residuals of the corre-
sponding equations represents the righthand sides of all the
modeling equations. The well-known sparse equation solver
Thomas algorithm has simultaneously solved the linearized
system of equations (with a block-tridiagonal coefficient ma-
trix) quite efficiently. The block Thomas algorithm solves the
linearized system of equations to yield the vector (AX").
Thence, the solution vector for the nth iteration is obtained as

The simulation variables X are updated as

X = X" + A(AXY), (29)

where A is evaluated by optimization such as by the Golden
Section method, in which case its value lies between O and 1.
The following criterion has been used to check the convergence
of the iterative method

NS

NE
E E sz <,

k=1 \ g=1

(30)

that is, the sum of the squares of the function residuals should
be less than some tolerance 7. For steady-state simulation,
tolerance 7 is taken as 10~°, which takes care of both mass- and
energy-balance errors of the simulation. It has been observed
that in the LLX simulation for a large number of components
and a large number of stages convergence of only enthalpy
balance equations [for the continuous, dispersed phase, and
interface equations (Eqs. 6, 7, and 17)] per stage is sufficient
for convergence of all the other model equations. Thus, Eq. 30
can be rewritten as

NS

3
E Eij <,

AX" = —J'D. 28) G1)
k=1 \ g=1
Table 3. Comparative Computational Times
Run Time* with Run Time* with
S1. Number Operations Local Model Rigorous Model Time Gain Factor
1 Lab-scale column: eight stages; three components 5s 60 s (1 min) 12
2 Pilot-scale column: forty stages; three components 40s 400 s (6.67 min) 10
3 Pilot-scale column: forty stages; six components 60 s (1 min) 900 s (15 min) 15
4 Plant-scale column: fifty-seven stages; three components 120 s (2 min) 2400 s (40 min) 20
5 Plant-scale column: fifty-seven stages; six components 200 s (3.33 min) 5000 s (83.33 min) 25

* Run time for total column convergence without printing.
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Table 4. Column and Feed Specification

Column specification

Column diameter 0.102 m
Number of stages 8

Sieve tray spacing 0.2m
Number of holes (sieve) 120

Sieve hole diameter 0.00318 m

Feed location
Feed*
Solvent**

@ 8 stage (bottom)
@ 1 stage (top)

* Toluene—acetone for TAW system; MIBK + acetic acid for MAW system.
** Solvent is water for both TAW and MAW systems.

where ¢ denotes the three energy-balance equations: continu-
ous, dispersed, and interface. Convergence on only energy
balance equations (Eqgs. 6, 7, and 17) brings down the simula-
tion time to 20-30% of the original.

Block reordering procedure

In solving the model equations for the nonequilibrium-stage
model of multicomponent separations, Taylor and Krishna
(1985), Powers et al. (1988), and Lao et al. (1989) have not
outlined the procedures involved in the ordering of the simu-
lation variables and the model equations. However, all the
previous workers have utilized their own particular order for
solving the model equations as given in Table 2. In our model,
the initial order as used by Jaiswal (1999) is given by Eqgs. 32
and 33:

Variable vector:

XD =V Ve, U, U xis s ka’ Ty xz{ks y{k; Ny by, u; Ti)
(32)

Equation vector:

(Fk)T = (M:jk, fk’ 'ﬁi+7 &Qf_, ;(‘+’ i_’

HZ? 2’ R{\jka R}Ivclk’ Ezlks Sgs ;7 Sidr Sic’ R::"L) (33)
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Figure 3. Acetone profiles in continuous and dispersed
phases for TAW system.

The variable vector along the column and the equation vector
along the row arrange themselves in a 7 X 7 matrix per stage.

Matrix inversion of the highly sparse Jacobian matrix J led
to singularity. Hence a reordering procedure of the sparse
matrix had to be adopted, as suggested by Markowitz (1957)
and Stadtherr and Wood (1984a,b). In the Markowitz method
of sparse-matrix reordering, forward (or backward) triangular-
ization has been done with a minimum column (or row count),

Table 5. Bench-Scale LLX Run Details

Phases (Feed to the LLX Column)

Run Number Systems Continuous Dispersed S/F AT = T¢, — T,
1 TAW* Acetone = 15% Water = 100% 3 17
Toluene = 85% T, = 50°C

T¢, = 33°C
2 TAW Acetone = 15% Water = 100% 4 17
Toluene = 85% T:, = 50°C
T¢ = 33°C
3 MAW#** Acetic acid = 7.15% Water = 100% 2 16.5
MIBK = 90.85% T, = 50°C
Water = 2.0%
T¢ = 33.5°C
4 MAW Acetic acid = 7.15% Water = 100% 3 16.5
MIBK = 90.85% T;, = 50°C
Water = 2.0%
T¢ = 33.5°C

in

* TAW—toluene—acetone—water.
** MAW—Methyl isobutyl ketone (MIBK)-acetic acid—water.
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Figure 4. Acetic acid profiles in continuous and dis-
persed phases for MAW system.

respectively. The final order obtained using this procedure is
presented below:
Variable vector:

(Xk)T = (xz(kv y{k; Tz{d Ny W, Vi, U:, U, Tk{s Tis s Uis Xits Yir)

(34)
Equation vector:
(F)" = (S, S, i S Els Ry Ries
Hga Z’ ﬂl{+’ z7’ I€+s IC<7s deka ICk? R]Ek) (35)

Local mass-transfer model

The expressions for the binary diffusivities and mass-trans-
fer coefficients are complicated functions of basic physical
properties and are time-consuming to use in the rigorous sim-
ulator. Powers et al. (1988) have mentioned that the calculation
of derivatives of the mass-transfer rate equations is the most
time-consuming part of the simulation, demanding about 35%
of the total computational time. They have also found that the
binary mass-transfer coefficients do not change very much
from tray to tray or from iteration to iteration, even though the
composition and temperature change considerably. They have
suggested that the calculation of derivatives of the mass-trans-
fer coefficient can be neglected in inner iterations. Unfortu-
nately, they have not mentioned the expressions for the binary

374

Solute transfer rate [molis X 10e3)

Stage

o Run# 1 - Rurdt 2 ~ Run#3  ——Run#f 4

Figure 5. Solute transfer-rate profiles for TAW and MAW
systems.

mass-transfer coefficients and they have not considered the
three mass-transfer coefficients for the three different drop
phenomena. For a simulation with a large number of compo-
nents in an industrial liquid-liquid extraction column (more
than 50 stages), there are more than a million “calls” on the
diffusivity and mass-transfer coefficient functions in a single
iteration. Completion of a full rigorous simulation of an indus-
trial column takes more than two hours using a Pentium III,
1-GHz workstation. To make the calculation faster, a novel
technique of a local mass-transfer model has been proposed
here. The local model approach has been used for the calcula-
tion of nonideal multicomponent LLE phase equilibria, as
suggested by Chimowitz et al. (1984) and for thermodynamic
property by Hillestad et al. (1989). In this work, a simple
expression has been proposed for the local model of the mass-
transfer coefficient. This expression has been used in the inner
iterations of simulation when the basic physical properties
(such as the phase density, phase viscosity, phase molecular
weight, and the interfacial tension) do not change more than
0.1% of the previous iteration value. If the change in any of the
basic properties is more than 0.1%, then the simulator uses the
actual detailed mass-transfer coefficient expression. The ex-
pression used for the local mass-transfer coefficient as a func-
tion of the Sherwood number is given as

325 ~
TAW System, Acetone 15%, SiF=3
- Bl S .
320 e coe L. TR
""" &
3
o 315+ .
o
2
o
g M0 A
@ T e e
] e
e .
305 - : . s
Sim. d-phase - - - -Sim. ¢-phase |
<« Sim. interface & Exp. d-phase :
< Exp.c-phase
300 t t ; - t t
1 2 3 4 & 8 7 -]
Stage

Figure 6. Temperature profiles for TAW system.
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Figure 7. Profiles of number of drop for TAW system.

c’

[kt = [(Shf,)k]"{( y ) ] (36)

P

After introducing the local model for the mass-transfer coeffi-
cient calculation, the simulation runs are much faster than
before.

A brief comparison study for the time-gain factor using the
local mass-transfer model has been presented for different
column simulations in Table 3. It is seen that 10 to 25 times of
simulation time is saved after incorporation of the local model
(Eq. 36).

Validation of the Model

The rate-based model just discussed has been computer
coded and the simulation package LLXSIM has been devel-
oped. The model can be used to study the bench-scale, pilot-
scale, and industrial-size liquid-liquid extraction columns for
analysis of product streams, troubleshooting and de-bottleneck-
ing operations. Although we have incorporated the phase-
reaction terms in the mass- and enthalpy-balance equations, we
have not considered any reactive extraction process in the
present work. For the validation of the model a bench-scale
LLX column was commissioned and experiments with two

240 -
v— N e
5 220 - : &
a ; s
> ¢ R .
2 A
= ﬁ
2 2.
3§ 200 -
@ A

1.80 + + +

1 2 3 4 5 [} 7 8
Stage
o Run#3 : Experimentat & Run#4 : Experimental
—— Rur#3 : Simulated -+ Run#4 : Simulated

Figure 8. Static holdups with stages for MAW system.
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different systems [toluene—acetone—water (TAW) and methyl
isobutyl ketone (MIBK)-acetic acid—water (MAW)] were per-
formed. The components for the TAW system could be sepa-
rated by simple distillation, but the MAW system components
could not be separated by simple distillation because of azeo-
trope formation. The developed rate-based simulation package
LLXSIM has been run for the same experimental conditions,
and simulated and experimental profiles have been compared.

Bench-scale experiments

The liquid-liquid extraction was studied in a 10.2-cm-diam
sieve tray column; total length of the column is 1.78 m with 8
stages. A cylindrical down-comer (length 13 cm and diameter
17 mm) made of glass was fixed in each tray. To avoid
corrosion stainless steel and Teflon pipelines were used. To
draw the samples for both phases, separate sample ports have
been provided at each stage in the glass column. In these
studies, the heavy phase is fed from the top and the light
dispersed phase from bottom of the column. A spiral-shaped
distributor was used to disperse the light phase at the bottom of
the column. Brief column and feed specifications are shown in
Table 4. At the start of the run, the column was filled with
heavy continuous phase approximately up to the continuous
phase inlet. Then the light dispersed phase line was opened.
When the light phase has reached the topmost stage, the heavy
phase line was also opened. The steady-state condition is
indicated by the constant height of the coalesced layer in each
tray. After attaining the steady state of the column, samples
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Figure 9. Acetic acid profiles with different thermody-
namic models for MAW system.
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Table 6. Relative Error-Squares with Different Simulation Options

[Acetone in the Water Phase]

Mol % Acetone

in Feed S/F LLXSIM_Q LLXSIM_LN CS_NE_Q** CS.NEN CS_EQ CSEN'" Aspen_Q'  Aspen_N?
Feed temp. = 32°C; Solvent temp. = 40°C
10 3 0.0026 0.0022 0.1158 0.1385 0.0316 0.4153 0.0316 0.4151
10 4 0.0026 0.0028 0.1688 0.1902 0.0956 0.6406 0.0956 0.6405
15 3 0.0012 0.0006 0.1169 0.1242 NC* 0.2232 0.0321 0.2230
15 4 0.0019 0.0013 0.1772 0.1870 0.1024 0.6177 0.1025 0.6177
Feed temp. = 33°C; Solvent temp. = 50°C
10 3 0.0017 0.0020 0.1234 0.1426 0.0266 0.3840 0.0266 0.3834
10 4 0.0019 0.0016 0.1895 0.2051 0.1013 0.6247 0.1013 0.6246
15 3 0.0009 0.0004 0.1351 0.1388 NC 0.1792 0.0192 0.1789
15 4 0.0010 0.0005 0.2015 0.2076 NC 0.6004 0.1159 0.6004
Mean RESQ 0.0017 0.0014 0.1535 0.1667 0.0715 0.46063 0.0656 0.4604
[Acetone in the Toluene Phase]
Feed temp. = 32°C; Solvent temp. = 40°C
10 3 0.0003 0.0002 0.0146 0.0091 0.0319 0.5689 0.0319 0.5688
10 4 0.0029 0.0024 0.0820 0.0135 0.1008 0.7523 0.1008 0.7522
15 3 0.0004 0.0000 0.0115 0.0025 NC 0.3035 0.0344 0.3031
15 4 0.0004 0.0008 0.0362 0.0122 0.1250 0.7257 0.1250 0.7257
Feed temp. = 33°C; Solvent temp. = 50°C
10 3 0.0002 0.0000 0.0168 0.0056 0.0315 0.5319 0.0315 0.5312
10 4 0.0118 0.0103 0.1387 0.0356 0.0867 0.7293 0.0867 0.7291
15 3 0.0009 0.0003 0.0167 0.0009 NC 0.2482 0.0386 0.2477
15 4 0.0001 0.0001 0.0549 0.0185 NC 0.7028 0.1162 0.7027
Mean RESQ 0.0021 0.0017 0.0464 0.0122 0.0751 0.5703 0.0706 0.5700

! ASPENPLUS run in nonequilibrium mode with UNIQUAC interaction parameters.

2 ASPENPLUS run in nonequilibrium mode with NRTL interaction parameters.

* NC—-Not converged.

** CHEMSEP run in nonequilibrium mode with UNIQUAC interaction parameters.

T CHEMSEP run in equilibrium mode with NRTL interaction parameters.

from all eight stages were collected and kept in airtight glass
bottles. The column was operated for 45 min for each run. All
the samples were analyzed on a gas chromatograph (GC) with
the Porapac-Q packed column (SS column, 1/8” OD, 1.5 m
length). The GC was operated in isothermal mode at 200°C
oven temperature and 210°C detector (TCD) temperature. In
the present work, four different LLX runs have been consid-
ered and details of the runs are shown in Table 5. Considering
the basic features of the rate-based model for the liquid-liquid
extraction, the model validation with the bench-scale experi-
mentation work was carried out through four major aspects, as
given below.

Mass-Transfer Features. Samples for both ternary systems
(TAW and MAW) were taken from each stage and analyzed on
GC. Comparative mole-fraction profiles of acetone in the water
and toluene phases (for the TAW system), and the acetic acid
in water and MIBK phases (for the MAW system) for both the
experiment and simulation are shown in the Figures 3 and 4,
respectively. It can be observed that the experimental data
points of the TAW and MAW systems closely match with the
simulation results of the proposed rate-based model. The GC
can estimate the mole fraction of the solutes (acetone and acetic
acid) up to the third decimal place. Each experimental run was
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carried out thrice, with the same feed and operating conditions.
These three separate runs are reproducible within =1.5% of the
mole fraction of the solutes (acetine and acetic acid). The
proposed mass-transfer model is based on the nonideality/
nonequilibrium with respect to the proposed mass transfer and
mass-transfer rate equations. The simulated mass-transfer rate
profiles of the acetone (TAW system) and acetic acid (MAW
systems) are shown in Figure 5 for all four runs.

Heat Transfer Features. Most of the industrial extraction
columns in the petroleum industries operate in nonisothermal
mode, that is, the feed and solvent enter the column at different
temperatures. It also can be mentioned that both phases main-
tain their own distinct temperature on the stage even though
they come in close contact with each other. In the thermal
nonequilibrium model, the three temperatures on each of the
stages are T¢, 7%, and T’. The interface temperature 7" is not
measurable, and the other two temperatures, 7¢ and 7%, have
been measured at each stage with the help of temperature
probes. Experimental temperature measurements vary within
*0.5°C for the three repeat runs. The measured temperature
profiles for Run 1 have been compared with the simulated
temperature profiles in Figure 6. Simulated and experimental
temperature profiles match closely. It is to be noted that a
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temperature driving force of 12° to 14°C is maintained
throughout the column between the two countercurrent
streams. On the basis of the overall energy balance for the
bench-scale experiments, the heat loss to the ambient has been
estimated as 0.01% of the heat input (along with continuous
and dispersed streams) at each stage; that is

0y = 0.01(U Hi + Up Hiyy) and
Qik = O'OI(W—lHZ—l + WHHZH) (37)

Hydrodynamic Features. Comparison of concentration and
the temperature profiles is not sufficient for validation of the
proposed model. With the help of a digital camera, the number
of drops formed on each stage has been measured for all the
runs. Our computer-coded rate-based simulator can predict the
drop number; the experimental and simulated drop number
profiles for the two TAW runs are shown in Figure 7. The
average deviation for the number of drops is *=2%. As the
toluene—acetone feed mixture for the TAW system is light-
dispersed, it is fed from the bottom of the column; the toluene—
acetone mixture forms a coalesced layer just below the sieve
trays. Similarly, the MIBK-acetic acid mixture also forms a
coalesced layer below the sieve tray for the MAW system.
With the help of photographic techniques and measurements,
the height of this static holdup has been obtained and compared
with the simulated results and is shown in Figure 8 for MAW
systems. The average deviation in static holdup is =0.5%.

In the expression for the relative velocity as proposed by
Laddha and Degaleesan (1972) (Eq. B2 in Appendix B) the
value of the coefficient c,, was equal to 1.0. After doing
sensitivity analysis in the simulation to match the experimental
drop diameters and static holdups on the stages, the optimum
value of c,, has been obtained as 2.72. Similarly, for the
dispersed phase after analyzing the experimental flow rates, the
optimum diffusion coefficient is taken as 10% of the continu-
ous phase and thus D{ = 0.1 * D{.

Thermodynamic Features. The continuous and dispersed
phases remain in thermal nonequilibrium, but the interface
between the two phases was assumed at equilibrium. The
interface at equilibrium has been modeled using thermody-
namic models—UNIFAC, UNIQUAC, NRTL, and so forth. In
the present work, UNIQUAC and NRTL LLE data were bor-
rowed from DECHEMA [Macedo and Rasmussen (1987)] at
the average column temperature of 40°C (UNIFAC being an
approximate LLE method was not considered here for compar-
ison). For Runs 3 and 4, the acetic acid mole-fraction profiles
(both in the water phase and MIBK phase) have been compared
with simulated profiles for both of the thermodynamic options.
The results are shown in Figure 9. It is observed that the
experimental results (acetic acid mole fraction profiles) match
closely with the UNIQUAC-based simulation.

Comparison with Other Simulators. Four lab-scale exper-
imental and simulated (with LLXSIM) results were shown
earlier. To show the comparison with the other simulators,
another eight TAW experiments (solvent to feed ratio and
acetone compositions are given in Table 6) were considered.
The mean sum of the error squares between the experimental
and prediction from the simulators [LLXSIM-Debjit and
Khanna (2000), CHEMSEP (1988), and ASPENPLUS (1998)]
was calculated as follows
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where mean RESQ = the mean relative error square of the
predicted (simulated) and the experimental mole fractions in
the continuous phase. Mean RESQ values for the simulated
runs for both the water and toluene phase are shown in Table
6. The simulated results were carried out with CHEMSEP and
ASPENPLUS simulators in the equilibrium mode; LLXSIM
and CHEMSEP [using the Handlos and Baron (1957) mass-
transfer coefficients] in nonequilibrium mode and with both the
thermodynamic options, that is, UNIQUAC and NRTL. Exper-
imental and simulated (with different simulators—LLXSIM,
CHEMSEP, and ASPENPLUS) profiles of acetone and acetic
acid in the water and MIBK phases are shown in Figures 10
and 11, respectively. The MAW system is not available in
CHEMSEDP, so for the MAW system comparison is shown with
LLXSIM and ASPENPLUS only. For the TAW system the
mean value of the RESQ is even less than 0.002 for LLXSIM
in both the water and toluene phase. On comparison with
LLXSIM (as shown in Table 6), the mean RESQ for
CHEMSEP nonequilibrium option is 100 times (of LLXSIM);
for CHEMSEP and ASPENPLUS the equilibrium with UNI-
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Figure 10. Acetone profiles comparison in different sim-
ulators.
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QUAC is 50 times; and for the CHEMSEP and ASPENPLUS
the equilibrium option with NRTL is 250 times.

Conclusion

An all-encompassing nonisothermal-rate-based nonequilib-
rium (with respect to both the mass and heat transfer) model for
liquid-liquid extraction as formulated. Hydrodynamic (drop
diameter, velocities, holdups, and pressure drop) and thermo-
dynamic features (equilibrium at interface with the UNIQUAC
and NRTL LLE models) for the staged extraction column were
considered. To overcome the time-consuming mass-transfer
and diffusion-coefficient calculations, a local mass-transfer
model was proposed, resulting in time savings of a factor of 10
to 25. Validation of the developed model was achieved by
conducting bench-scale nonisothermal experiments using the
TAW and MAW systems. Mole fractions and temperatures in
both the continuous and dispersed phases, along with a number
of drops and static holdup profiles for the experimental and
rate-based simulations, match closely. UNIQUAC and NRTL
thermodynamic models for interface at equilibrium were com-
pared. The mean relative error square (RESQ) for LLXSIM,
the rate-based model, is about 20 to 250 times less for the
various options considered than for the CHEMSEP and
ASPENPLUS simulators. We are continuing the work with reac-
tive extraction simulations and experiments in our laboratory.
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Notation

a = interfacial area [m?]
A = cross-sectional area [m?]
A, = preexponential frequency factor [1/s]
¢ = molar density or concentration [kmol/m?]
C, = molar specific heat of a pure component at any temperature 7
[J/mol K]
= diameter [m]
residual vector
= axial dispersion coefficient [m?/s]
= binary diffusion coefficient in concentrated mixture [m?/s]
binary diffusion coefficient in infinite diluted mixture [m?/s]
activation energy [J/kmol]
flow rate of feed streams [kmol/s]
vector of discrepancy functions or function residuals
Gibbs’ free energy [J/kmol]
heat-transfer coefficient [J/m>K]
height [m]
molar enthalpy [J/kmol]
heat of chemical reaction [J/kmol]
identity matrix
= Jacobian matrix
= binary mass-transfer coefficient for [kmol/m? s]
= reaction rate constant for pth term [1/s], where p = 1 indicates the
forward reaction and p = 2 indicates reverse reaction; k; is
positive and k, is negative
K = distribution coefficient, equilibrium ratio
[ = length [m]
M = generalized mass-transfer coefficient matrix
n, = number of perforations per plate
N
Nu

YOO
Il

©
TR

>
»H_‘mmawwﬁmﬁhm
Il

~
|

N

= interphase mass-transfer rate [kmol/s]
= Nusselt number
NRX = number of reversible and irreversible chemical reactions
NRC = number of components in the power-law expression
P = pressure [N/m?]
r = chemical reaction rate [kmol/(s - m?)]
R = mass-transfer coefficient matrix
N = resistance in mass transfer [s/kmol]
S = solvent flow rate [mol/s], entropy [J/(kmol K)]
Sh = Sherwood number
t = time [s]
T = temperature [K]
u = velocity [m/s]
U™ = interstage backward molar flow rate of light phase [kmol/s]
U~ = interstage forward molar flow rate of light phase [kmol/s]
V = volume [m?]
V" = interstage forward molar flow rate of heavy phase [kmol/s]
V~ = interstage backward molar flow rate of heavy phase [kmol/s]
mole fraction of heavy phase
normalized mole fraction between pair i and j
vector of unknown variables
mole fraction of light phase
generalized mole fraction

noe o
Il

Greek letters

= interphase energy transfer rate [J/m? K]

= interfacial tension [N/m], activity coefficient

3.14

= thermal conductivity [J/m K], Golden-section multiplier
= mass-transfer coefficient matrix

= density of liquid [kg/m?]

= positive difference in density [kg/m’]

= viscosity of liquid [kg/m * s]

= dynamic holdup volume of heavy phase [m* L m?]

= matrix for the correction factor due to mass-transfer rate
= molar volume at phase temperature [m>/kmol]

= tolerance

= stoichiometric coefficient of components in reaction, + for product,
— for reactant

cas®erEoararaco
\
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Superscripts and subscripts

b = bulk phase

= continuous phase

dispersed phase

= experimental

excess

interface

stage

exponent on the concentration
iteration number

phase

relative

coalescence

down comer

formation

component

component

jet

stage

number of reactions

mixture

variable number

= nozzle

total number of components
total number of drop classes
total number of equations per stage
total number of stages

= column

drop

= phenomena—formation, rise, and coalescence
= rise

= slip, static holdup

total

= weir

=z = S
EEDQZ: S er e e T s T amY
I L (|| 1 1 e e | A 1 A A

=T
Il

S ww o
Il
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Appendix
A. Mass-transfer correlations

It has been observed that Skelland and Conger (1973) (for k;;
of stagnant drops), Wesselingh and Krishna (1990) (for B,),
and Siddiqi and Lucas (1986) (for ij-) as suggested by Sanpui
and Khanna (2002) are the best combination for the TAW and
MAW systems.

Binary Mass-Transfer Coefficients.
(1973)

Skelland and Conger

drop formation

dpt
~ cpd pkPk
d-phase: kij, 0.0423(tkoZ k>

2 \0.089/ 2\ -0334 d -0.6
() o) () @
d.g l_‘ka?jk \(pzdpkyk)

C Blc 0.5 C 0.407 t 0.148
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drop coalescence
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circulating drop fall/rise
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" <4Bljktrk)0.34( IJ«;I )0.125<dpku§kpg)0.37(A5)
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c-phase: ki = 0.725(

Binary Diffusion Coefficients for Concentrated Mixtures

(modified expressions for multicomponent systems). Wessel-
ingh and Krishna (1990):
zjk (BO )(l+x/k X‘k)/z(BO ) 1+Xi—Xjx)/ 2 (A7)
where
_ ik - X
i X T Xjg ’ Y X T Xjk (A%)

Infinite Dilution Binary Diffusion Coefficients.
Lucas (1986):

Siddiqi and

Uk = 0.89 10 “’ 0907V 045V 0265Tp (A9)
B. Hydrodynamic correlations
Laddha and Degaleesan (1972):
Dispersed phase velocity:
Ui = up — uj (B1)

Relative velocity:

— Juy (B2)
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Characteristic velocity:
u; = 1.088(yAp/p?)**(uzy 2gdy) ~**"* (B3)

Nozzle velocity:

dy / vidd,
=2 69<de> \0.5137pf + 0 4863p! (B4)
Average drop diameter:
dpk = 1'592(7k/Apkg)(u12\lk/2ngk) ~0.0065 (B5)

Skelland and Conger (1973) proposed the expressions for
slip velocity, formation, and rise time as given below:
Slip velocity:

4.0Ap,gd,;
Uy = (30% (1 — ¢y (B6)
Formation time:
(77/6)d2k
ECEY T =
Rise time:
trk = (hlk - ﬁck)/usk (BS)

The axial diffusion coefficient for the back mixing has been
used analogous to the vapor—liquid system suggested by
Zuiderweg (1982) as shown below:

c-phase:
upj
- 8 3( d d) (Zw/Ap)hl% (B9)
uip,
Pressure Drop on Stage.
Static pressure drop:
AP, = h,pig (B10)
Dynamic volume for stage:
den k= Vk - AOﬁS (Bl 1)
Dynamic height for stage:
™ 3
ﬁdyn k= No 6 dbk/den k (B 12)
Mixture density for stage:
PZI = ﬁdynpz + (1 - ﬁdyn)pi (BIS)
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Pressure drop due to dynamic holdup:
Aden,k = (b — h)pl'g
Total pressure drop on stage:
AP, = AP+ APy,
Pressure on stage:
P,= P, + AP,
C. Heat-transfer correlations
Enthalpy with Heat of Mixing.
Enthalpy for the stream:
NC
Hy = Y x,H) + AHD,
i=1
Heat of mixing:
AHY, = AGh, + TPASY,
where mixture Gibbs’ energy

NC

AG’, = G* + AGM = RTY

i=1

and mixture entropy

NC
PirZik
ASP, = SE+ ASM = Rl > Znaye——
‘ ¢ ,-:E, I ey

Heat-Transfer Coefficients.
Incropera and Dewitt (1990):

> Ziln v —

(B14)
(B15)

(B16)

(ChH

(C2)

NC
DEALEA
i=1

NC
SDIFAEA
i=1

hi = Nui(piuiC,) for c-phase (C3)
Taylor and Krishna (1993):
hi = (213)m*A{ld,, for d-phase (C4)

where
Nug = [2.06(dyauipid ) /(1.0 = b)Y (Crapif A

Mass-Transfer Coefficient Matrix. The mass-transfer coef-
ficient matrices can be written as follows:

[kl - a = [[RE]" - a[Whiexp[W] — [1)}'[T]  (C5)
where the elements of [R]{ and [W]%, in terms of general mole

fractions z; and mass-transfer rate N, as suggested by Krishna
and Standart (1976), are

R 4
[a]" = (M}, (C6)
k
where m;;, = ;.
[VP] =[MF (C7)

where m,;, = N,.. The terms of the generalized matrix will be:

NC
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(M) = M My C8)
wk (kiNCph)'Zak j_? (kijph)i’ak
J#i
where i = 1,2, ..., (NC — 1).
(M)} : 1 ] (€9
e = Ty -
i k (kij ph)llgak (kinc ph)iak
where i # jandi =1, 2, ..., (NC — 1).
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